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� We proposed novel two-phase and
two-dimensional model for solid-
state fermentation.

� Heat and water transfers are modeled
and simulated in packed-bed
bioreactor.

� Most transport mechanisms are
included and realistic parameters are
applied.

� Model predictions agreed with
experimental data concerning
overheating and drying.

� The novel model can guide the scale-
up of bioreactors for solid-state
fermentation.
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In the current paper, a two-phase and two-dimensional model describing heat and water transfer in a
packed-bed bioreactor (PBB) for solid-state fermentation (SSF) is proposed. The model considers most
of the transport mechanisms taking place in solid and gas phases and for axial and radial directions.
For simulation, realistic physical properties of the particles and of the bed were employed, as well as
interface coefficients were calculated based on classical correlations. The case-study was the solid-
state cultivation of the newly isolated thermophilic fungus Myceliophthora thermophila I-1D3b in a mix-
ture of sugarcane bagasse (SCB) and wheat bran (WB) within a narrow cylindrical and jacketed PBB. For
non-saturated aeration, results showed that substrate drying near the inlet of the bioreactor harms fungal
growth. For narrow PBB, jacket plays important rule on heat removal; for large-diameter PBB, radial heat
removal becomes negligible. Simulated results agreed with experimental ones. The novel model here pro-
posed is a powerful tool for guiding the scale-up of PBB for SSF.

� 2015 Elsevier B.V. All rights reserved.
1. Introduction ples include their use as separators, absorbers, dryers, filters, heat
Packed-beds are extensively used in important unity operation
in chemical, food and process industries. Some application exam-
exchangers and chemical and biochemical reactors [1–3]. Solid
state fermentation (SSF) bioreactor is a particular case of packed
beds, which is under the spotlight in literature.

SSF is a biotechnological process that offers numerous economic
and industrial advantages to reduce production costs of fermented
products. It concerns the culture of microorganisms on moist solid
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substrates, without dripping water, and a continuous gas-phase in
the inter-particle spaces. SSF technology provides new processes
opportunities as it allows the use of agro-industrial by-products
as substrates without needing an extensive pretreatment, leading
to the production of high concentrations of high-added value prod-
ucts, such as enzymes. Moreover, because SSF products are not
highly diluted, they can be easier to recover than products pro-
duced in traditional submerged fermentation (SbF) [4,5].

A special group of enzymes that has received attention from sci-
entific and technological communities is the group of cellulolytic
enzymes. These enzymes are able to depolymerize the biomass
of agricultural residues into fermentable sugars through an ecolog-
ically friendly route. The final target is producing biofuels from bio-
mass, a sustainable alternative to increase fuel production without
decreasing croplands for food production. SSF has been used to
produce cellulases, hemicellulases and ligninases from a variety
of biomasses, such as green or dried grasses, sugarcane bagasse,
wheat bran, rice straw, soybean hulls, sawdust, orange pulp and
peel, corncob and corn straw [6–14].

Due to the low water activities, filamentous fungi are the most
suitable microorganisms for SSF. Moreover, for the majority of fil-
amentous fungal species, solid-state media reproduce their natural
habitat [15]. One extra-advantage in using filamentous fungi in SSF
is that such microorganisms have an extraordinary capacity to
secrete large amounts of proteins and other metabolic products
to the growth medium, so it is feasible to be exploited by the
biotechnological industry for the production of industrial enzymes
[16]. Moreover, thermophilic fungi are gaining attention from
researches in SSF due to the intrinsic thermal stability of the
enzymes [17] and because some thermophilic fungi have been
recently reported as good producers of cellulolytic enzymes com-
plexes in experiments carried out in glass flasks or in plastic bags
[9,18,19].

As well as SbF, SSF requires exploratory studies in flasks scale in
order to evaluate the adaptation of the microorganism to the cul-
ture media and also if the concentration of the interesting product
is commercially feasible. The parameters usually controlled at
exploratory assays are composition, moisture content and pH of
the substrate, temperature of cultivation and duration of the pro-
cess. Independent and interaction effects are evaluated at this
scale. After the exploratory studies, it is needed to design and
develop a bioreactor which fulfils the process needs. However, it
is not recommended that the optimal experimental conditions
found in glass flasks tests be immediately transposed to the biore-
actors tests, since the dynamic conditions observed in the reactors
are quite different [20].

There are two basic configurations for SSF bioreactors: the fixed
beds and the moving beds. The latter category is best represented
by the rotating drum bioreactor, which is operationally flexible and
provides efficient automatic control alternatives. Nevertheless, due
to its complex design, high cost, elevated maintenance require-
ment, and non-adequacy to shear stress sensitive filamentous
fungi, this equipment is used only in special processes [20]. The
fixed bed is the most commonly applied due to its simple design,
reduced cost and low maintenance requirements; it can be subdi-
vided into the tray and the packed-bed bioreactors (PBB). The tray
configuration is widely used for fermented food production in Far
East countries, while the PBB has been largely explored in bench
scale experiments for enzyme production especially by shear sen-
sitive filamentous fungi [21,22].

Even though SSF has been considered a promising technique to
produce bioproducts, it has not been successfully established as an
industrial alternative due to a variety of factors, resulting in lack of
industrial equipment, which depends on engineering develop-
ments, including simulation and experimentation. Similarly to
chemical reactors, heat and mass transfer play crucial role in deter-
mining the performance of SSF processes in PBB [3].

One of the main drawbacks while operating PBB is the deficient
removal of the metabolically generated heat, due to the low effec-
tive thermal conductivity of the substrate and to the low air flow
rates employed, leading to poor options for temperature control
and few alternatives for scaling up. High temperatures can achieve
levels up to 20 �C above the ideal fermentation temperature,
inhibiting the microorganism growth and affecting the production
of metabolites [23–25]. This steep temperature increase is more
common for mesophilic fungal strains, and in this case one should
expect large variations in microbial growth and productivity.

A second equally important drawback in PPB operation for SSF
is the reduction of the moisture content of the solid-phase along
the process due to microbiological, physical and chemical issues.
Water has many functions in SSF [26], since microorganisms are
quite sensitive to the water activity of the fermentation system.
Therefore, many studies have been published in literature about
the dependence of enzyme production on the water content of
the porous media. When the moisture content is insufficient, gas
and solute diffusions decrease, and cell metabolism is affected
due to either the lack of nutrients or the accumulation of toxic
compounds in the vicinity of the cell. Water also solubilizes
enzymes, which are fundamental for the whole metabolic system
of the cell [27]. However, temperature profiles, and consequently
moisture content profiles, are difficult to be avoided in PBB due
to end-to-end aeration and the use of convective cooling with uni-
directional flow of air. Even if the inlet air is saturated, the axial
temperature gradients will change its relative humidity, giving it
driving force to remove water from the solid-phase [28].

Heat and mass transfer phenomena in PBB for SSF are simulta-
neous and both depend somehow on the following factors [29]: (a)
microbial biomass development: temperature and water activity
required, tolerance to temperature and moisture content changes
on the system, specific growth rate, microbial physiology, meta-
bolic heat generation rate; (b) porous media characteristics: pres-
ence or absence of inert, particles dimension and shape, medium
heterogeneity, bed porosity, moisture content, hygroscopic behav-
ior; (c) equipment dimensions: length, diameter, air distribution
inside the bed; (d) operational conditions: air flow rate, tempera-
ture and relative humidity of the air and jacket temperature. Some
of these factors may be considered constant along fermentative
processes, particularly the operational conditions, while some
others, such as temperature, moisture content and microbial
growth, may undergo dramatic changes that will strongly affect
the previews of mathematical models.

In this context, mathematical modeling is an essential tool for
guiding the design and operation of bioreactors, providing insights
into how the several phenomena within the fermentation system
combine to result overall process performance [28]. The aim of
SSF bioreactor models is to describe how the performance is
affected by the several operating variables that can be manipulated
attempting to keep the process under control. For instance, a math-
ematical model may predict how inlet air flow rate, relative
humidity and temperature will affect substrate temperature and
water content and also how these environmental variables will
affect microbial growth and product formation. Therefore bioreac-
tor models should include the microbial growth kinetic to describe
the dependence of growing rate, as well as metabolic heat, on the
environmental variables [28].

Some mathematical models have been proposed in literature
for heat transfer in SSF packed bed bioreactors [30–34], although
some basic information required by the models, concerning the
physical properties of the porous matrix and the biological charac-
teristics of the microorganism, are scarce in literature and often



Fig. 1. Schematic diagram of the experimental setup of the PBB for SSF.
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adapted from one biological system to another without a deep con-
sideration about validity of such approaches.

Saucedo-Castañeda et al. [30] were one of the pioneers in this
field applying a general energy balance for heat transfer without
considering axial and radial dispersions. Sangsurasak and Mitchell
[31,32] improved this original model, considering two-
dimensional heat transfer in a model suitable to several geometries
and operational conditions. Sangsurasak and Mitchell [33]
extended their own previous model including a term to describe
water evaporation from the porous matrix, which contributes sig-
nificantly to the overall heat removal, even though such phe-
nomenon results in bed drying [35]. The previous models were
pseudo-homogeneous, i.e. they considered that in an elementary
representative volume of the system the temperatures and species
concentrations were equal for both solid and fluid phases [36].
However, the main deficiency of pseudo-homogeneous models is
that they forecast water transfer from solid to the air, but they
are not feasible to predict the solid moisture reduction. Only
heterogeneous models with at least two-phases, gas and solid-
phases, can well represent drying phenomena thorough the fer-
mentation due to the air percolation.

Von Meien and Mitchell [37] were the first to suggest a hetero-
geneous two-phase model in SSF to predict temperature and mois-
ture gradients in an intermittently stirred bioreactor with forced
aeration, using the same approach applied for heat and mass trans-
fer during grain drying in deep fixed beds; see for instance [38].
Two-phase models have also been applied by Schutyser et al.
[39]. Although two-phase models require the always difficult to
obtain fluid-to-particle information to be implemented, these
models are more realistic and are the only ones able to represent
properly water transfer from solid- to gas-phase. Despite the
somewhat complexity of Von Meien and Mitchell [37] and Schuty-
ser et al. [39] models, they are still incomplete, once they are one-
dimensional and do not consider all the contributions for heat and
water transfer phenomena inside the bioreactor, such as thermal
and water dispersions in both gas- and solid-phases. Moreover,
the interface transfer coefficients and important physical proper-
ties, such as sorption isotherms, were obtained from literature
and do not necessarily correspond to a real SSF system.

In the current study, a two-phase (heterogeneous) and two-
dimensional (2-D) model describing heat and water transfer during
SSF within a PBB is proposed. The advances in relation to previous
models are to include most of the transport mechanisms for both
phases and both axial and radial directions, such as vapor diffusion
in the gas-phase (with diffusion coefficients for axial and radial
directions depending on flow), water diffusion by capillary in the
solid-phase (isotropic), heat conduction in the gas-phase (with
thermal conductivities for axial and radial directions depending
on flow), heat conduction in the solid-phase (isotropic), real drying
mechanism taking place in packed-beds and heat and water trans-
fer solid–gas using realistic interface coefficients. The process of
solid-state cultivation of the newly isolated fungus Myceliophthora
thermophila I-1D3b was simulated using physical properties exper-
imentally obtained for the specific culture media, sugarcane
bagasse (SCB) and wheat bran (WB), as well as the microbial
growth kinetics.
2. Experimental setup

The bioreactor consists of a bed of substrate supported by a per-
forated plate through which air is continuously blown at fixed flow
rate throughout the process. The equipment is operated in batch-
mode as a fixed packed-bed during the whole fermentation. A dia-
gram of the PBB simulated in the current work is provided on
Fig. 1. For detailed information about the bioreactor design and
experimental operation, see [40]. In the current size (7.62 cm
diameter; 1.0 m length), the bioreactor is assumed not wide
enough that heat transfer to the walls can be neglected; instead
that, jacket plays an important contribution to cooling. Therefore,
heat and mass transfers in both axial and radial directions are con-
sidered for modeling and simulation.

The microbial system was composed by the newly isolated fun-
gus M. thermophila I-1D3b cultivated in a mixture of SCB and WB
(7:3 w/w). This thermophilic fungus was recently isolated from
piles of SCB in an ethanol plant in Olímpia-SP, Brazil, and has
already shown to be a very good endoglucanase producer in com-
parison with other microorganisms in SSF [14]. The porous media
was composed by SCB fibers and WB, which average particles sizes
are 3 and 0.44 mm, respectively. SCB fibers are the major compo-
nents, either mass or volume fractions, and fibers were assumed
as infinite cylinders with thickness (dpart) 0.46 mm and length
(Lpart) 15 mm.
3. Mathematical modeling

3.1. Assumptions

This paper has focused only in heat and water transfer model-
ing. Gas transfer was not considered because, in bioreactors with
forced aeration, the supply of oxygen to the particle surface was
already shown not to be limiting. According to literature, once aer-
ation satisfies cooling requirements, it will also satisfy the need of
O2 supply and CO2 removal [23,30,41].

Some assumptions were made to propose and solve the models:
thermal and physical properties independent of temperature at the
range undergone throughout the fermentation; steady plug-flow
air velocity profile; constant bed porosity (e0); mechanism of cap-
illarity for the moisture migration through the solid phase; all
quantities well-mixed and total heat and mass transfer area
equally distributed within each discrete volume; exothermal and
hydrolytic reaction; heat removal by the tube wall; structural
and hygroscopic properties of the porous media unaffected by fun-
gal growth; negligible Soret and Dufour effects; particle diameter
(dpart) much smaller than tube diameter.

Table 1 presents the symbols, descriptions and values of the
variables, parameters and physical and microbial properties
required by the models and used for simulations.



Table 1
Parameters and variables definitions and values for the nominal case.

Parameter or
variable

Description Value Source and comments

Independent variables
t Time Up to 96 h; t0 = 0 s Chosen based on [14] (nominal

case)r Radial position Ranges from 0 to 38.1 mm
z Axial position Ranges from 0 to 1 m

Dependent variables
Sub Substrate concentration Sub0 = 98 kg-dry-substrate/m3 [42]
S Total dry solids concentration S0 = 98.3 kg-total-dry-solids/m3 Calculated (S0 = B0 + Sub0)
b Biomass fraction in total dry solids b0 = 0.00281 kg-biomass/kg-dry-solids [29]
B Biomass concentration B0 = 0.3 kg-biomass/m3 Calculated (B0 = b0.S0)
Tg Temperature of the gas-phase Tg0 = 45 �C Chosen based on [14]
Ts Temperature of the solid-phase Ts0 = 45 �C Ts0 = Tg0
Y Water content of the gas-phase kg-water–vapor/kg-dry-air Y0 for nominal case of relative

humidity (RH) 85%
X Water content of the solid-phase X0 = 3 kg-water/kg-total-dry-solids X0 established in substrate

humidification [14]

Calculated variables
Y⁄ Saturation moisture content of the air at Tg kg-water–vapor/kg-dry-air Calculated by Eq. (A.3a)
awg Water activity of the gas-phase Dimensionless Calculated by Eq. (A.3b)
aws Water activity of the solid-phase Dimensionless Calculated by Eq. (A.4),

aws = awg at equilibrium
lW Fractional specific growth rate on the basis of the

water activity
Dimensionless, Eq. (A.1a), with D1 = 131.60; D2 = 94.99;
D3 = 214.22; D4 = 177.67

[43]

lT Fractional specific growth rate on the basis of the
solid phase temperature

Dimensionless, Eq. (A.1b) [30]

l Specific growth rate s�1, Eq. (A.1c) [44]

Design and operating parameters
awgi Inlet air water activity 0.85 (nominal case) – 1.00 Chosen
Yi Inlet air moisture content kg-water–vapor/kg-dry-air Depending on awgi

t0 Inlet air superficial velocity 0.0146 m/s (nominal case) Chosen based on [14]
Tgi Inlet air temperature 45 �C
Twall Bioreactor wall temperature 45 �C
L Bioreactor total length 1 m Chosen (nominal case)
R Bioreactor total radius 38.1 mm

Gas phase properties
Cpa Dry air heat capacity 1006 J/kg-dry-air/�C [45]
Cpv Water vapor heat capacity 1880 J/kg-vapor/�C
P Plant pressure 101325 Pa
Pw

⁄ Saturation vapor pressure of water in air Pa [46]
qa Dry air density 1.11 kg-dry-air/m3 [45]
Pr Prandtl number of the air 0.71 (at 45 �C)
ma Kinematics viscosity of the air 17.5 � 10�6 m2/s

Substrate and bed properties
Cps Heat capacity of the dry solids 1760 J/kg-dry-solids/�C [47]
Cpw Heat capacity of liquid water 4184 J/kg-water/�C [45]
Rg Universal gas constant 8.314 J/mol/�C
DHvap Enthalpy of evaporation of the water 2,414,300 J/kg-water
e0 Void fraction or bed porosity (constant) 0.75 m3-void/m3-total [42]
dpart Substrate particle diameter 0.45 mm Measurements with vernier

caliperLpart Substrate particle length 1.0 cm

Microbial parameters
A Frequency factor for the numerator Eq. (A.1b) 7.483 � 107 s�1 [30]
B Fitting constant for the denominator Eq. (A.1b) 1.300 � 1047

EA1 Activation energy for the numerator Eq. (A.1b) 70225 J/mol
EA2 Activation energy for the denominator Eq. (A.1b) 283356 J/mol
RQ Heat yield from growth 8.366 � 106 J/kg-biomass
RW Stoichiometric coefficient relating water production

to growth
0.3 kg-water/kg-biomass [44]

RS Change in total dry solids per kg of fungal biomass
produced

�2 kg-total-dry-solids/kg-biomass [37]

g Biomass yield coefficient from substrate 0.33 kg-biomass/kg-dry-substrate
bmax Maximum possible biomass fraction in total dry

solids
0.0327 kg-biomass/kg-total-dry-solids [29]

lopt Optimum specific growth rate 1,67 � 10–5 s�1 (0.06 h�1)

Transport coefficients and interface transfer coefficients
awall Wall-to-fluid heat transfer coefficient W/m2/�C, calculated from Eq. (A.5e) [48]
Ds Solid-phase effective dispersion coefficient by

capillarity
1.5 � 10�10 m2/s [49]

ks Solid-phase stagnant effective thermal conductivity 0.065 W/m/�C [50]

Transport coefficients and interface transfer coefficients
Dg,m Molecular diffusivity of water vapor in the air 2.5 � 10�5 m2/s [45]
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Table 1 (continued)

Parameter or
variable

Description Value Source and comments

kg,m Molecular thermal conductivity of the air 0.02745 W/m/�C
Dg,z Gas-phase axial effective diffusivity m2/s, calculated from Eq. (A.5a) [51,52]
Dg,r Gas-phase radial effective diffusivity m2/s, calculated from Eq. (A.5b)
kg,z Gas-phase axial effective thermal conductivity W/m/�C, calculated from Eq. (A.5c)
Kg,r Gas-phase radial effective thermal conductivity W/m/�C, calculated from Eq. (A.5d)
ba Volumetric mass transfer coefficient in the interface

solid–gas
s�1, see Section A.6 of Appendix A Proposed in the current work

ha Volumetric heat transfer coefficient in the interface
solid–gas

W/m3/�C, see Section A.6 of Appendix A

_m0ðXÞ Modified normalized drying rate Set equal to 1 (first drying period)
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3.2. Modeling of heat and water transfer

Both energy and water balances were applied and in both cases
individual equations were proposed for the air and the solid-
phases. Every term in these equations were expressed per cubic
meter of bioreactor; thus, terms in the water balance have
kg-water/m3/s units, while in the energy balance W/m3 units.

3.2.1. Mass balance for water vapor in the gas-phase
The water balance in the gas-phase was expressed by Eq. (1):

qae0
@Y
@t

þ t0qa
@Y
@z

¼ _m0ðXÞbaqae0ðY� � YÞ þ qae0Dg;z
@2Y
@z2

þ qae0Dg;r
1
r

@

@r
r
@Y
@r

� �
ð1Þ

The first term on the left-hand side represents the change in
water content of the gas-phase, while the second term represents
the flow of water vapor in the air stream by advection.

The first term on the right-hand side represents the solid-to-gas
interface water transfer, given by the product of the mass transfer
coefficient (b) and the difference between the truemoisture content
of the gas-phase (Y) and the saturation moisture content of the air
(Y⁄), multiplied by (qa e0) to fit the units and by the transfer area in a
specified volumetric element (a) to give the volumetric rate. This
term was also corrected by the modified normalized drying rate
_m0ðXÞ, which is an empirical drying parameter that accounts for
mass transfer resistance in the solid. Considering that the initial
water content of the solid matrix was large enough to assure that
the solid moisture content would be higher than the critical value
(Xcrit) in the bioreactor along the fermentation, the drying was
assumed to be undergone at first period for the whole process.
Notice that this term does not assume the gas-phase is always sat-
urated, so that it can be also used for the drying of a packed-bed.

The second and third terms on the right-hand side represent the
diffusion of water vapor in the gas phase in the axial and radial
directions, respectively.

3.2.2. Mass balance for water in the solid-phase
The water balance in the solid-phase was expressed by Eq. (2):

S
@X
@t

þ X
@S
@t

¼ � _m0ðXÞbaqae0ðY� � YÞ þ RW S
@b
@t

þ b
@S
@t

� �
þ DsS

� @2X
@z2

þ DsS
1
r

@

@r
r
@X
@r

� �
ð2Þ

The first term on the left-hand side represents the change in
water content of the solid-phase. Since total dry solids concentra-
tion (S) is changing on time simultaneously with moisture content
in total dry solids (X), the product rule was used in order to isolate
the variable of interest X.

On the right-hand side, the first term corresponds to the amount
ofwater being removed from the solid-phase by drying,which is the
sameamount ofwater being incorporated to the gas-phase, so that it
represents the water transfer in the solid–gas interface. The second
term represents the water produced during the fermentation as a
consequence of the microbial growth. Therefore, in the same way
as for the term on the left-hand side, the product rule had to be used
for the metabolic water production term.

The last two terms on the right-hand side in Eq. (2) represent
the dispersion of liquid water in axial and radial directions, respec-
tively. It must be pointed out that, in a porous medium, liquid dif-
fusion through the solid phase is dominated by the capillarity
mechanism. Therefore, the diffusion coefficient has not the same
meaning as the molecular solid diffusion coefficient; see [53] for
more details on this assumption.

3.2.3. Energy balance for the gas-phase
The energy balance in the gas-phase was expressed by Eq. (3):

qae0ðCpa þ Y CpvÞ
@Tg

@t
þ t0qaðCpa þ Y CpvÞ

@Tg

@z
¼ DHvapðTsÞ

� m0ðXÞbaqae0ðY� � YÞ � � � � haðTg � TsÞ þ e0kg;z
@2Tg

@z2

þ e0Kg;r
1
r

@

@r
r
@Tg

@r

� �
ð3Þ

The first term on the left-hand side represents the accumulation
of energy in the gas-phase along the fermentation. The second
term represents the flow of energy with the air stream by advec-
tion. In both these terms, the quantity (Cpa + Y Cpv) represents
the heat capacity of the moist air.

The first term on the right-hand side represents the amount of
energy associated to the evaporation flux of water in the interface
between the gas- and the solid-phases. The second term on the
right-hand side describes the convective heat transfer in the gas–
solid interface. The last two terms represent the heat conduction
through the air in axial and radial directions, respectively.

3.2.4. Energy balance for the solid-phase
The energy balance in the solid-phase was expressed by Eq. (4):

SðCps þ XCpwÞ
@Ts

@t
þ TsðCps þ XCpwÞ

@S
@t

¼ haðTg � TsÞ

� DHvapðTsÞ _m0ðXÞbaqae0ðY� � YÞ � � � þ RQ S
@b
@t

þ b
@S
@t

� �

þ ð1� e0Þks @
2Ts

@z2
þ ð1� e0Þks 1r

@

@r
r
@Ts

@r

� �
ð4Þ

The term on the left-hand side represents the accumulation of
energy in the solid-phase. Since total dry solids concentration (S)
is changing on time simultaneously with solid-phase temperature
(Ts), the product rule was used within this term in order to isolate
the variable of interest Ts. The quantity (Cps + Y Cpw) represents the
heat capacity of the moist solid. It is assumed that heat capacity of
the biomass formed is equal to that of the substrate.



Fig. 2. Predicted spatial profiles of: (a) Ts; (b) Tg (t = 48 h); (c) X; (d) Y; (e) B; (f) Sub (t = 96 h).
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The first term on the right-hand side describes the convective
heat transfer in the gas–solid interface. The second term represents
the amount of energy associated to the water evaporation flux in
the gas–solid interface. The third term addresses the production
of metabolic heat during the fungal growth. This term is similar
to the one representing the production of metabolic water in Eq.
(2). Then the product rule was used also within the metabolic heat
generation term.

The last two terms represent the heat conduction through the
solid-phase in axial and radial directions, respectively. Since the
solid-phase remains static along the fermentation, the heat and
mass transfer effective coefficients for the solid-phase were
assumed not to depend on the air flow. Hence, the water dispersion
parameters Ds,z and Ds,r for axial and radial diffusivities of water on
the solid-phase were fitted as Ds,z = Ds,r = Ds. Ds was experimentally
obtained by thermo-gravimetric analysis (TGA) [49,54] and the
medium was assumed isotropic. Also for the heat dispersion
parameter, the solid matrix was assumed to be isotropic and the
thermal conductivity of the solid-phase (ks) was fitted from exper-
imental data for stagnant effective thermal conductivity (k0) [50]
and assumed constant and equal for axial and radial directions.

3.3. Numerical solution

To solve the system of partial differential equations, the spatial
derivatives were approximated by finite volumes using equal-sized
elements, with spatial step-sizes chosen by the user. This approx-
imation resulted in a set of ordinary differential equations, which
were simultaneously numerically integrated by ode15s solver in
MATLAB� R2012b (MathWorks Inc., Natick, Massachusetts, United
States).

The initial conditions (t = 0) are the following: B = B0, b = b0,
S = S0, Sub = Sub0, Y = Y0, X = X0, Tg = Tg0, Ts = Ts0. The boundary con-
ditions were assumed to be as follows:

z ¼ 0
ðinletÞ

Y ¼ Y0; Tg ¼ Tg0
@X
@z ¼ 0; @Ts

@z ¼ 0

�����
z ¼ L

ðoutletÞ
@X
@z

¼ @Y
@z

¼ @Tg

@z
¼ @Ts

@z
¼ 0

����
r ¼ 0

ðsymmetry at central axisÞ
@X
@r

¼ @Y
@r

¼ @Tg

@r
¼ @Ts

@r
¼ 0

����

r¼RðwallÞ
@Y
@r ¼0; @X

@r ¼0

�Kg;r
@Tg
@r ¼awallðTgR �TwallÞ; �ks @Ts@r ¼awallðTsR �TwallÞ

�����
where TgR andTsR are the temperatures of gas and solid-phases,
respectively, at r = R.

4. Results and discussion

4.1. Simulation data for nominal case

Fig. 2 presents the predicted spatial profiles at t = 48 h (half-
time of fermentation) for solid (Ts) and gas (Tg) phase temperatures
and at t = 96 h (end-time) for solid (X) and gas (Y) phase moisture
contents and biomass (B) and substrate (Sub) concentrations.

Fig. 2a and b display similar spatial temperature profile and
quite close temperature values at t = 48 h (half-time of fermenta-
tion) for both Ts and Tg, respectively, indicating that both phases
may be considered to be in thermal equilibrium throughout the
fermentation. The probable reason for that was the high value of
the volumetric interface heat transfer coefficient (ha), since the
total transfer area in a volume element was very large (around
2.103 m�1). Only very close to the bed inlet, it was possible to
observe that Tg was kept on 45 �C (Fig. 2b), while Ts dropped a
bit under 45 �C (Fig. 2a), probably due to the intensive water
removal from the solid-phase observed in this region (see
Fig. 2c). However, the gap between Ts and Tg were still less than
0.5 �C, hence both temperatures may be considered physically
equal within the bed throughout the fermentation, since any ther-
mal sensor wouldn’t capture precisely that difference [2]. There-
fore, the pseudo-homogeneous approximation usually applied in
literature might be considered reasonable also for the process here
simulated. Hence, such result suggests that, although the model
has to be heterogeneous to represent water transfer from the solid
to the gas phase, allowing predictions of moisture content profiles,
it may be sufficient to measure only Tg in order to represent the
temperature of the fermentation system as a whole, overcoming
the problem of measuring Ts to validate the model.

The highest temperatures were predicted to be reached at the
top of the bioreactor around 48 h, as already has been reported
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in literature dealing with homogeneous models [30–34]. Moreover,
since the model here proposed is 2-D and the bioreactor is narrow,
a noticeable radial temperature profile may be seen, as a conse-
quence of heat removal by the jacket. The maximum values were
under 46.5 �C, hence less than 1.5 �C over the ideal process temper-
ature. If the term of radial conduction is neglected, the model
becomes 1-D and then the maximum temperature predicted
reaches 48 �C. Such result addresses that jacket plays an important
contribution for metabolic heat removal for small-diameter PBB.
Hence, overheating shall not be expected in this nominal case,
agreeing with previous experimental observations [14,40,55]. A
1-Dmodel would not predict the role of the jacket on heat removal,
reinforcing the advantage of using a 2-D model, as proposed in the
current paper.

The spatial profiles of X and Y at end-time of fermentation
(Fig. 2c and d) follow the spatial Ts and Tg profiles, respectively,
since such variables are directly related. Once Ts and Tg increased
in direction to bed-outlet and central-axis, X and Y increased as
well, due to the changing on the saturation moisture content of
the air as a function of temperature, giving drying force. Hence, it
was possible to see a mild radial profile of X and Y, with slightly
higher X and Y values predicted close to the bed-wall. Only a 2-D
model can show such kind of result. However, nearby bed-inlet,
X values were quite low, since the solid phase has undergone fast
water removal by end-to-end non-saturated aeration (relative
humidity RH 85%), which is expected to be minimized in case sat-
urated air is supplied to the bioreactor. The severe moisture con-
tent reduction of the solid matrix at the bottom of the bioreactor
(Fig. 2c) seemed to be much more serious than the overheating
in this nominal case. However, RH 85% is unusual for air supply
in SSF bioreactors; this value has been chosen for the nominal case
in order to make clear the undesired drying effect occurring in PBB
for SSF with end-to-end non-saturated aeration. The effect of RH of
the inlet air on Ts and X throughout the fermentation and conse-
quent effects on fungal growth were further explored in this paper.

As a consequence of the severe solid-phase drying nearby bed-
inlet, spatial profiles of B and Sub were predicted as well
(Fig. 2e and f, respectively), showing steeply and slightly gradients
in axial and radial directions, respectively. Biomass growth and
substrate consumption were mainly harmed in the region near to
the bed inlet. Since the temperature nearby bed-inlet was kept at
the optimum value for the microbial growth, the only explanation
for biomass growth to be harmed was the intense substrate mois-
ture content reduction, and consequently the lower water activi-
ties (aws) reached there. It may be suggested that probably some
fungal metabolic activities that require a water film to be accom-
plished might have been affected by aws reduction.

Grajek [56] studied the growth conditions of one mesophilic
(Trichoderma viride) and two thermophilic fungi in SSF (Thermoas-
cus aurantiacus and Sporotrichum thermophile). The author reported
that a slight variation around the optimal aws value for fungal
development caused large disturbance in the growth and metabo-
lism of fungi. The results presented by Grajek showed that the
admissible aws variation which assures a normal culture develop-
ment varies only from 0.005 to 0.01 around the optimum aws value.
Moreover, the same author observed that both the thermophilic
strains were more sensitive to aws changes than the mesophilic
fungal, since an appreciable growth rate for the thermophilic
organisms was only noticed at very elevated aws values, nearly 1.0.

Therefore, for the nominal case, the enzyme production in the
bottom zone of the bioreactor tends to be lower than in upper
regions, a problem already reported in literature even when satu-
rated air was supposed to be supplied to the bioreactor
[14,23,41,55,57,58]. Notice that, according to Fig. 2e and f, B and
Sub will reach maximum values over 30 cm, meaning that about
one third of the PBB is underutilized.
4.2. Simulation data for other set of operational conditions and
geometries

The effects of inlet air superficial velocity (t0) and moisture con-
tent (Y0) on model predictions of Ts and X were evaluated. Fig. 3
displays profiles of Ts (nearby bed-outlet) and X (nearby bed-
inlet) predicted for three levels of t0, while Fig. 4 displays the same
profiles predicted for three levels of Y0 (RHs 85, 95 and 100% at
45 �C).

The influence of t0 on predictions of Ts is negligible when using
the 2-D model (Fig. 3a). If heat conduction in radial direction is
neglected, then t0 plays significant effect on Ts predictions. This
result, only predictable by a 2-D model, suggests that, at such a
narrow PBB with non-saturated aeration, the mechanism of heat
removal by tube-wall is so intense that it almost overcomes the
influence of the convective transport. Hence, it might be proposed
that lower air flow rates could be employed in order to minimize
substrate drying, as it can be seen in Fig. 3b.

According to Sangsurasak and Mitchell [31,32], t0 typically used
in PBB are under 0.1 m/s. According to Grajek [56], from a techno-
logical point of view, the maximum temperature variation consid-
ered admissible is such that fungal growth decreases a maximum
up to 20%. For that author, a temperature variation estimated as
4 �C was defined as the maximum accepted for a thermophilic fun-
gal culture. For the current nominal case, with t0 as low as
0.004 m/s, the 2-D model predicted that Ts at the top of the bed
could reach a maximum of 47.5 �C, which would still not be dele-
terious for fungal growth and product formation. Hence, no high t0
is required in terms of heat removal, since higher air velocities
would consume more power for air supplying and also would
dry the substrate to unfavorable low moisture levels. Conse-
quently, low aws would be undergone by the solid matrix, which
would affect negatively the fungal growth and impair the enzymes
production.

Ghildyal et al. [23] showed experimentally that high t0
decreased the peak of temperature by experiments with a fast
growing mesophilic microorganism in a PBB 34.5 cm high and
15 cm diameter. For their case, when the PBB was aerated with
air at 30 �C, the maximum temperature observed at the middle
of the column was 52 �C for t0 = 0.0047 m/s and 36 �C for
t0 = 0.0236 m/s. However, not only temperature and moisture con-
tent shall be considered in SSF analysis, since other needs of the
microbe can be affected by the operational conditions. Casciatori
et al. [40] have found experimentally that cellulase activities were
significantly lower for t0 = 0.0073 m/s in comparison with
t0 = 0.0146 m/s, attributing such phenomenon to oxygen restric-
tion to M. thermophila metabolical needs.

Concerning the effect of t0 on X nearby bed-inlet (Fig. 3b), con-
sidering or not radial water dispersion doesn’t matter, since tem-
peratures at lower parts of the PBB were predicted to be kept
around 45 �C either considering or not radial heat conduction. Sub-
strate drying occurred for any t0, with drying rate increasing as t0
increases. Values of X lower than 2 kg-water/kg-total-dry-solids
lead aws to values under 0.90, harming fungal growth. For
t0 = 0.0073 m/s, solid-phase took longer to reach critical aws values,
but such low t0 may represent a restriction of oxygen to microbial
needs. Hence, a balance between both phenomena must be done in
order to find the most appropriate air flow rate. Therefore, the
model can be further improved in order to include gas exchanges
(oxygen uptake and carbon dioxide release).

The influence of Y0 on predictions of Ts is negligible when using
the 2-D model (Fig. 4a). If heat conduction in radial direction is
neglected, then Y0 plays significant effect on Ts predictions. This
result, again only predictable by a 2-D model that contains an
appropriate term of drying (hence properly a heterogeneous
model), suggests that, at a narrow jacketed PBB, the mechanism
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of heat removal by tube-wall is so intense that it almost overcomes
the influence of the evaporative transport. Hence, it might be pro-
posed that saturated air is supplied to the PBB, in order to mini-
mize substrate drying, as it can be seen in Fig. 4b. Concerning
the effect of Y0 on X (Fig. 4b), considering or not radial water dis-
persion doesn’t matter, pointing that moisture migration by capil-
lary in radial direction is negligible in comparison with water
removal by evaporation for t0 = 0.0146 m/s. Furthermore, Y0 can
modify the shape of the axial X profile. When non-saturated air
is blown, the bottom of the bed dries out quickly; for saturated aer-
ation, the bottom region dries out slower than upper regions of the
PBB. Such results agreed with simulations presented by Mitchell
et al. [20] employing the model proposed by Von Meien and
Mitchell [37], as well as with experimental results reported by
Gowthaman et al. [41] and Ghildyal et al. [23]. For saturated
aeration and t0 = 0.0141 m/s, Ghildyal et al. [23] found experimen-
tally that X increased over time or stayed constant nearby bed inlet
and decreased along time from mid-height and above.

Fig. 5a and b shows B predicted at z/L = 0.075, 0.525 and 0.925
at r/R = 0.05 for aeration with RH 85 and 95%, respectively. Since
nearby bed-inlet (z/L = 0.075) Ts remained close the ideal process
temperature, one can conclude that fungal growth were strongly
limited (Fig. 5a) by low aws reached at that region for aeration with
RH 85%. On the other hand, for aeration with RH 95%, fungal
growth was homogeneous (Fig. 5b) along the length of the PBB,
agreeing with experimental results reported by Grajek [56]. On
the above, it was clear that, for the fermentation system used in
this case-study, the porous medium drying is more deleterious to
the microbial growth than overheating. However, overheating
may become a critical situation when the bioreactor is scaled-up
by diameter increasing.

Fig. 6a–d present radial Ts profiles at t = 48 h for PBB internal
diameters 7.62, 15, 20 and 50 cm. For any diameter, t0 is constant;
this means airflow rate increased proportionally to the increase of
the cross-section area. Except at z/L = 0.075 (nearby bed inlet),
where the influence of the inlet air temperature kept Ts restrained,
the effect of bed diameter was pronounced. For the narrowest-PBB,
heat removal by the jacket is effective, resulting radial Ts profile
almost flat (Fig. 6a). For 15 and 20 cm diameters, radial heat
removal becomes less effective and a non-negligible radial temper-
ature gradient is observed (Fig. 6b and c). For the largest-PBB,
radial heat removal becomes negligible (Fig. 6d) and Ts is influ-
enced by wall-temperature only at the close vicinity of the wall
(r/R > 0.75).
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Sangsurasak and Mitchell [31,32] evaluated the effect of L/D
ratios on the temperature predictions using a pseudo-
homogeneous 2-Dmodel. They kept constant the total PBB volume,
as well as t0. When decreasing L/D ratio, thermal gradients became
negligible and microbial growth was optimum. However, it must
be considered that those authors varied L/D keeping the total
PBB volume as constant, supposing that increases in length pro-
duces the same effect than increases in diameter. Increasing the
length and keeping the diameter constant means a reduction in
the volumetric aeration rate, affecting convective heat transfer,
an effect not considered by Sangsurasak and Mitchell. Therefore,
the selection of the appropriate bed dimensions will depend on
the ratio between the cross section surface area by the total vol-
ume. It must also be taken into account the possibility of fluidiza-
tion due to the high air flow rate and deleterious effects of high air
velocity on the microbial physiology. Another aspect to be consid-
ered is the bed compaction for long columns.

Some additional calculations were performed in order to evalu-
ate the influence of transport properties of the solid-phase (Ks and
Ds) on the 2-D model time-profiles predictions for solid-phase tem-
perature and moisture content. The target of these calculations was
to reinforce the important role that conduction and dispersion
terms in the equations, combined with realistic parameters values,
play on model predictions. Such terms are one of the main novel-
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Although convection and evaporation are known to be the dom-
inant heat transfer mechanisms, Ks values influenced temperature
time-profiles predicted by 2-D model (data not shown), being
higher the maximum temperature reached for lower values of Ks.
On the other hand, neglecting radial heat conduction, there was
no discernible difference in the predicted Ts profiles when running
simulations for a wide range of Ks values (data not shown), con-
firming the despicable influence of conduction term in the 1-D
model. Since the axial conduction mechanism has been considered
negligible in classical literature of heat transfer in packed-beds
[36,59], the effect of Ks on Ts predicted by 2-D model has to be
attributed to the high radial heat dissipation. Hence, for narrow
bioreactors, the radial heat conduction term must be considered,
giving as a result the need of a 2-D model.

Although convective drying is the most important phenomena
affecting solid-phase moisture content profiles, Ds values showed
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of fermentation, no influence of Ds on X was observed; however,
after around 40 h, an increase in Ds produced a decrease in X pre-
dicted by the 2-D model, while no influence was observed when
radial water dispersion was neglected (data not shown). Therefore,
such effect of Ds on solid-phase moisture content predicted by 2-D
model should be associated to the radial temperature profile rather
than to the axial one. Probably such association may be explained
by Soret effect, defined as the water migration induced by temper-
ature gradient [60]. On the other hand, predicted solid-phase tem-
perature was not sensitive to Ds (data not shown), suggesting that
Dufour effect, defined as heat transfer induced by moisture gradi-
ent [60], would be in fact negligible for the case-study system.
4.3. Verification of simulated results

Experimental data for verification of the simulated results were
obtained from Casciatori [29]. Temperature was monitored along
the process and moisture content of the fermented material was
measured along PBB length at the end of the fermentation.
Fig. 7a and b display Ts time-profiles nearby bed-outlet (z/L =
0.925 and r/R = 0.05) for air flow rates 60 and 240 L/h
(t0 = 0.0037 and 0.0146 m/s, respectively). For both cases, a good
agreement was observed, even though simulated profile for
240 L/h is smoother than for 60 L/h. If one considers that the differ-
ences among measured and simulated temperatures were around
1 �C, the model predictions can be considered enough good for
engineering purposes.

Fig. 8a and b display final moisture content of the fermented
material along the PBB length experimentally obtained by
Casciatori [29] and simulated with air flow rates 60 and 240 L/h,
respectively. A reasonable agreement between predicted and
experimental axial-profiles of final moisture contents have been
observed, mainly within the lower part of the PBB. An explanation
for such result is, since it is difficult to control experimentally the
relative humidity of the inlet air, Y0 is not surely known, leading to
some discrepancies between predicted and experimental results.
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Moreover, the model is not able to predict that water vapor may
condensate at upper parts of the PBB while the air flows towards
bed-outlet, but such phenomenon is known to occur experimen-
tally [14]. Such condensation would lead to an increasing of X at
upper regions of the PBB, which seems to have happened.

5. Conclusions and outlook

The current work presented a two-phase and two-dimensional
model describing heat and water transfer in a packed-bed bioreac-
tor (PBB) for solid-state fermentation (SSF), including most of the
transport mechanisms possible to occur. Simulations were carried
out using realistic physical, microbial and transport properties. The
model was applied to simulate a SSF process using the newly iso-
lated thermophilic fungus M. thermophila I-1D3b cultivated in a
mixture of sugarcane bagasse and wheat bran (7:3 w/w). Accord-
ing to simulations, heat removal by wall plays important role at
thermal conditions in narrow PBBs. Superficial velocity (t0) and
moisture content (Y0) of the inlet air influence temperature rising
mainly when wall-cooling is not taken into account. The higher
t0 and the lower Y0, the lower maximum temperature reached at
bed-outlet and the lower minimum substrate moisture content
reached at bed-inlet. For nominal case, overheating was less trou-
blesome than drying; fungal growth was predicted to be harmed
nearby air inlet. On the above, the model proposed enables to pre-
dict bioreactor performance for several operational conditions and
geometries, therefore the model may be used in further studies as a
powerful tool to guide design and scale-up of aerated PBB for SSF.
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Appendix A. Constitutive Relations

A.1. Fungal growth and specific growth rate

Correlations describing the specific growth rate (l) dependence
on temperature (Ts) and water activity (aws) of the solid-phase
were obtained in literature [30,37,43,44].

The increase of fungal biomass (b) was assumed to follow the
logistic equation, commonly used to express the microbial growth
in SSF [61]:

db
dt

¼ lb ð1� b
bmax

Þ ðA:1Þ

Relative specific growth rates lT (fractional specific growth rate
depending on Ts) and lW (depending on aws) were defined as frac-
tions of the specific growth rate when all conditions are optimal for
growth (lopt), as already assumed by Von Meien and Mitchell [37].

For the water activity (aws) dependence, lW was given by an
empirical fit to experimental data of Glenn and Rogers [43] for
Rhizopus oligosporus:

lW ¼ expðD1a3
ws þ D2a2ws þ D3aws þ D4Þ ðA:1aÞ

For Ts dependence, lT was given by an empirical fit based on
Arrhenius-type equation proposed by Saucedo-Castañeda et al.
[30] for Aspergillus niger:
lT ¼ 1
lopt

A exp �EA1
R½Tsþ273�

� �
1þ B exp �EA2

R½Tsþ273�

� � ðA:1bÞ

The actual specific growth rate was then calculated from the
geometric average of the two relative growth rates, as proposed
by Sargantanis et al. [44]:

l ¼ lopt
ffiffiffiffiffiffiffiffiffiffiffiffiffi
lWlT

p ðA:1cÞ
A.2. Balance for total dry solids

The dry solids concentration (S), which includes both substrate
(Sub) and biomass (B) concentrations, is time dependent due to
both the consumption of substrate for microbial growth and the
production of new biomass as follows:

@S
@t

¼ RS
@B
@t

¼ RS
@ðS:bÞ
@t

ðA:2Þ
A.3. Gas phase moisture content

The water vapor saturation of the gas-phase was calculated on
the basis of the saturation pressure of water vapor at the actual air
temperature:

Y� ¼ 0:62413P�
w

P � P�
w

ðA:3aÞ

where Y* is the specific saturation moisture content of the air, P is
the atmospheric pressure of the moist air and Pw

* is the saturation
pressure of water vapor, calculated by the Antoine equation as a
function of the actual air temperature Tg [46].

The water activity of the gas-phase (awg) at the current Tg,
equivalent to the air relative humidity (RH), was calculated as
follows:

awg ¼ Y P
P�
wðY þ 0:62413Þ ðA:3bÞ
A.4. Sorption isotherm for the solid-phase

Considering the larger proportion of SCB in the composition of
the substrate, it has been assumed that the sorption isotherm of
the substrate is well-represented by the SCB sorption isotherm.
According to Casciatori et al. [62], the Oswin [63] equation can
be used to describe the SCB isotherm as a function of awg:

X� ¼ 0:052
awg

1� awg

� �0:409

ðA:4Þ
A.5. Heat and mass transport parameters for the gas and for the solid-
phase

The heat and mass transfer effective coefficients for the gas-
phase were assumed to depend on the air flow in axial direction
and on the structural properties of the bed. The estimated param-
eters were the axial and radial effective dispersion coefficients for
mass (respectively Dg,z and Dg,r) and heat (respectively kg,z andKg,r)
transfers and the wall-to-fluid heat transfer coefficient (awall). The
following simplified correlations were used to evaluate the disper-
sion coefficients [51,52,64]:

Dg;z ¼ ½1� ð1� e0Þ1=2�Dg;m þ Rep
2

m ðA:5aÞ
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Dg;r ¼ 1� ð1� e0Þ1=2
h i

Dg;m þ Rep
8

m ðA:5bÞ

kg;z ¼ 1� ð1� e0Þ1=2
h i

kg;m þ Rep
2

m ðA:5cÞ

Kg;r ¼ 1� ð1� e0Þ1=2
h i

kg;m þ Rep
8

m ðA:5dÞ

where Rep ¼ t0dpart
ma .

The wall-to-fluid heat transfer coefficient (awall) was estimated
by using Li and Finlayson [48] correlation:

Nuwall ¼ awall dpart

kg;m
¼ 0:17 Re0:79p ðA:5eÞ

where Nuwall is the Nusselt number at the wall.

A.6. Interface gas–solid heat and mass transfer coefficients

In the present work, the interface gas–solid heat and mass
transfer coefficients were calculated from classical correlations
for Nusselt (Nu) and Sherwood (Sh) numbers from literature. For
the nominal case, it has been supposed that 70% of the particles
had air in cross-flow and 30% in parallel flow. Hence, Nusselt num-
bers were calculated for cylinders in cross-flow (Nucf) by Churchill
and Bernstein [65] correlation:

Nucf ¼ 0:3þ 0:62 Re1=2p Pr1=3

1þ ð0:4=PrÞ2=3
h i1=4 1þ Rep

282;000

� �5=8
" #4=5

ðA:6aÞ

and in parallel flow (Nupf) by correlation for flat-plate [65]:

Nupf ¼ 0:664 Re0:5fp Pr1=3 ðA:6bÞ
Afterwards, a balanced Nusselt number (Nuw) was obtained.

Based on analogy between heat and mass transfer, Sherwood num-
ber was assumed to be numerically equal to Nusselt number.
Therefore, the interface gas–solid heat transfer coefficient (h) was
obtained from the balanced Nusselt number and the interface
gas–solid water transfer coefficient (b) from the balanced Sher-
wood number.

Both interface gas–solid heat (h) and mass (b) transfer coeffi-
cients have to be normalized by the ratio between the total transfer
area (ATT) in the bioreactor and the total volume (VBR) of the biore-
actor, a = ATT/VBR, in order to comprise the interface transfer
throughout the whole bed. Since e0 is known, the calculation of
a = ATT/VBR was made for one slice of the bed by the following
relation:

a ¼ ATT

VBR
¼ ð1� e0Þ 4

dpart

which is valid for the full bioreactor.

Appendix B. Supplementary data

Supplementary data associated with this article can be found, in
the online version, at http://dx.doi.org/10.1016/j.cej.2015.10.108.
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