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Abstract: A mathematical model was developed for the dynamic and static simulation
of a continuous ethanol production process in a tower bioreactor packed with yeast cells
immobilized in citrus pectin gel. To avoid accumulation of CO, gas during the bioprocess,
a vertical fixed bed bioreactor with a working volume of 0.245 L, divided into four stages
and equipped with external gas-liquid separators was used. The performance of the
bioreactor was evaluated through continuous fermentations using feed medium (sugarcane
juice) with substrate concentrations of 161.4 and 312.5 g/L, temperature of 30 °C, pH 4.0
and hydraulic residence times of 5 and 6 h. The developed mathematical model takes
into account mass flow by convection and dispersion axial, external and internal mass
transfer to/within particle, Contois kinetics for cell growth with inhibition terms, cell
death, and substrate consumption for cell maintenance. The partial differential equations
regarding cell, substrate and product mass balances in the solid and fluid phase were
solved by numerical methods. The calculated profiles of state variables in the fluid phase
agreed satisfactorily with the experimental data. The diffusional resistances within particles
concerning the substrate consumption rate were not significant, resulting in calculated
values of the effectiveness factor close to one.

Keywords: process intensification; packed-bed reactor; axial dispersion; kinetics; parameter
estimation; model validation; orthogonal collocation; effectiveness factor

1. Introduction

Scientists and engineers have always strived to develop techniques and technolo-
gies, leading to the intensification of all technological processes. The aim is to develop
production technologies for substantial enhancements in chemical and biochemical process-
ing. Among the various strategies for process intensification, one can cite (i) cascading or
compartmentalization of reaction zones integrated with simultaneous removal devices of
undesirable components (e.g., inhibitors) in the same equipment; (ii) continuous operation
mode; (iii) immobilization of the biocatalyst [1-3].

Cell immobilization is a technique that has been tested during the development of
various bioprocesses, especially those continuous processes in which high density and
cell retention, better productivity, and non-contamination are desired [4-6]. The prac-
tical application of immobilized cell systems on an industrial scale requires the use of
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an appropriate bioreactor type [5,7,8] whose choice will depend on several factors, in-
cluding energy and mass transfer requirements (supply and removal of gases and heat),
diffusional resistances (inside and outside the particle), particle characteristics (size, den-
sity, concentration, and mechanical damage sensitivity), kinetic aspects (average reaction
rate, inhibition effects), hydrodynamic considerations (flow pattern and mixing degree),
and others [5].

Among the various types of existing bioreactors, the packed bed reactor is the most
frequently used type of immobilized cell reactor, due mainly to its advantage of being
operated continuously, with high cell density and without the need for cell separation [5,9].
Depending on the superficial velocity of fluid flowing under the up-stream flow regime
through the bioreactor, the particle bed can be maintained as fixed or fluidized. The ideal
hydrodynamic behavior expected for fixed bed reactors is that of the plug flow reactor
(PFR), in which the superficial velocity profile of fluid is perfectly flat over the reactor’s
cross section and back-mixing does not occur. Fluidized bed reactors provide a degree of
intermediate mixing between the two extremes of the PFR and CSTR (Continuous Stirred
Tank Reactor). Both types of reactors (fixed and fluidized bed reactors) present specific
advantages and drawbacks as extensively cited by several authors [5,9-12].

Ethanol is one of the most attractive alternative fuels due to several environ-
mental issues, and can be used either pure or blended with gasoline in flex fuel
vehicles [13-15]. Although the industrial production of ethanol is commonly performed
using the classical Melle-Boinot process (cell-reuse fed-batch fermentation), new technolo-
gies have been developed aiming at maximizing ethanol productivity and minimizing
production costs [9,15-17]. The main technological innovations in alcoholic fermentation
consisted of the development of continuous processes conducted with free cells in cascades
of four to six CSTRs in series, or with natural or artificially immobilized cells in fixed bed
tubular (tower) reactors [10,11,13,15-21]. The first innovation has already been consoli-
dated and even implemented in several industrial units, while the second is still under full
development for industrial application [15].

High cell densities in fixed bed tower reactors can be achieved by immobilizing cells in
a variety of support materials, including polymeric gels (pectin, carrageenan, and calcium
alginate) and others [10]. From this viewpoint, citric pectin from orange processing residues
becomes a very attractive support material for cell immobilization due to its low cost
and abundance.

Under ethanol fermentation conditions, a fixed-bed tower reactor is often subject to
the accumulation of stagnant pockets of CO, gas, which, if not removed, cause various
undesired problems, such as the formation of dead and high hydrostatic pressure zones that,
in turn, cause gel abrasion or rupture, and liquid back-mixing and channeling [5,10,11,22].
Thus, to allow the scale up of this bioprocess, the problems caused by CO; gas formed
during the fermentation reaction need to be minimized or eliminated.

To remove CO; gas from the particle bed as quickly and quantitatively as possible, spe-
cial bioreactor designs have been developed, including rotating packed drum reactors [18],
horizontal packed bed bioreactors [10], horizontal rotating tubular bioreactors [23], rotating
fiber disc fermenters [9], fixed-bed tower bioreactors with multiple internal stages, and
external gas-liquid separators, such as that used in this present study. It is known that
efficient gas removal is achieved when operating a tower type bioreactor equipped with
such separation devices, which contribute to the bioreactor’s stable operation, with high
ethanol productivity.

Integration of reaction and separation operations by product removal from the zone
where the biotransformation occur, as well as the use of immobilized biocatalysts, are
different forms of process intensification, a current concept in process synthesis, whose
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objective is the development of smaller, more cost-effective and environmentally friendly
processing plants than the ones currently in use [1-3,24].

For the efficient design, optimization, and control of fixed bed bioreactors, accurate
and reliable mathematical models are necessary [25]. The development of such models
has been relatively slow and the models available are both mathematically complex and
unreliable [25]. Therefore, it is necessary to balance the model’s complexity with the
experimental and computational efforts required for its identification and build models that
are as simple as possible, yet capable of accurately describing the fermentation process [14].
The class of mathematical models that satisfies such prerequisites is formed by simply
applying the unsegregated and unstructured approach, through which the description of
the quantity and properties of the biomass is performed by using a unique variable—the
cell concentration expressed as mass or number of cells per volume [14,26]. Generally, such
models combine an acceptable description of the system with a reasonable mathematical
complexity and a smaller number of parameters [14,26].

In the modeling of immobilized cell systems, besides the inhibitory effects of substrate
and product that are traditionally incorporated into classical Monod kinetics, the effects
of other important phenomena occurring in heterogeneous fixed-bed catalytic reactors
must be also included, such as diffusion external and internal to/within the particle, and
transport of solutes (substrate, product, and others) through the reactor by convection and
axial dispersion of the liquid phase [4,6,11,19,22,25,27-29].

Although almost all ethanol production in Brazil directly or indirectly uses sugarcane
as feedstock, the advantages of the continuous process, as well as the mathematical models
available in the literature for alcoholic fermentation, are equally valid for other fermentable
feedstocks, including lignocellulosic compounds extracted from vegetable biomass for
second-generation ethanol production [14,17,24,30-33].

The objective of this study was to develop a phenomenological mathematical model to
predict the dynamic and static behavior of a fixed bed tower reactor, packed with particles
containing immobilized yeast cells for continuous ethanol production with simultane-
ous CO; gas removal, under different operating conditions. The model is based on the
description of the main aspects of the fermentation system (reaction kinetics, bioreactor
hydrodynamics, and intra- and inter-phase mass transfer), consisting of a set of partial
differential equations representative of the cell, substrate and ethanol mass balances within
the particles, as well as in the fluid phase along the bioreactor’s axial direction.

2. Materials and Methods
2.1. Experimental Data

The experimental data used in this study were obtained by operating the experimental
system shown schematically in Figure 1. The fixed bed tubular reactor consists of four stages
and three external gas-liquid separators connected to the solenoid valves through which
the CO; gas is exhausted. Inside the separators, there is an automatic liquid level control
mechanism analogous to a float valve system in conjunction with inductive proximity
sensors that open and close the solenoid valves. The reactor and the separators were kept
submerged in a thermostatic water bath heated by electrical resistance. Saccharomyces
cerevisiae yeast cells were immobilized on citrus pectin gel, resulting in an initial cell
concentration within the particle of 21.0 g/L. Sugarcane juice was continuously fed into
the reactor bottom. The fermentation tests performed made it possible to obtain the axial
profiles of product and substrate concentration during the transient and stationary states
for two feed volumetric flow rates (40.0 and 49.4 mL/h), two concentrations of substrate in
the feed stream (161.4 and 312.5 g/L), pH 4.0 and a temperature of 30 °C. These substrate
concentration levels were chosen with the aim of investigating different intensities of
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substrate inhibition on yeast metabolism, with 161.4 g/L being the substrate concentration
level that exerts the lowest inhibitory effect, while 312.5 g /L exerts the highest inhibitory
effect. These substrate concentration levels were represented by LC and HC, respectively.

=@

@

Figure 1. Schematic drawing of the experimental system used in continuous ethanol fermentation
in a multi-stage fixed bed tubular bioreactor with external gas-liquid separators (Legend: 1—feed
medium reservoir, 2—peristaltic pump, 3—fixed bed bioreactor, 4—gas-liquid separators, 5—solenoid
valves, 6—electrical resistance, 7—thermostatic water bath, 8—temperature controller, 9-fermented
medium reservoir).

The substrate and ethanol concentrations were determined by chromatographic meth-
ods (HPLC, High Performance Liquid Chromatography, and GC. Gas Chromatography),
respectively. To determine the initial concentration of viable cells within the particles, yeast
cells were first released from the immobilization gel using a 5% EDTA solution, which
was mixed with a known mass of pellets and shaken at 30 °C until the gel was completely
dissolved. Then, viable cell counting was performed in a Neubauer chamber using the
methylene blue staining method, observing under a microscope the number of unstained
cells (viable cells).

2.2. Mathematical Modeling

The mathematical model of the bioprocess includes the models of solid (particles) and
fluid (liquid) phases in the bioreactor:

2.2.1. Solid Phase Model

The mathematical model of the solid phase comprises the mass balances of viable cells,
ethanol and substrate within the catalytic particles, which take into account the phenomena
of internal simultaneous diffusion and reaction, in addition to the external film diffusion
at the particle surface. Assuming a spherical geometry for the particle, the mass balance
equations are given by Equations (1)—(3). In Equation (1), the diffusion term is absent
because the cells are immobilized in the gel matrix:

e  Mass balance of cells

dc
Tf = Uxcx —7rq 1)

e  Mass balance of substrate

s Ds 19 (i)
ﬁ - sz 62 ag <C aC HsCx (2)
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e  Mass balance of product (ethanol)
an - Dp 10 2an
The initial and boundary conditions for Equations (1)—(3) are as follows:

t=0: cx =cx, =210 g/L ; cs=0; cp=0 4)

_ _g. % _. 9P _
E=r/Rp=0: Z2=0; 55 =0 (®)

. DS aCS . Dp an

¢=r/Rp=1: Rp ot kms (Cs = ¢s,,,) 7 — Rp 9F kmp (cp,, —Cp)  (6)

In boundary conditions set by Equation (5), it is assumed that diffusion occurs sym-
metrically from all directions; hence substrate and product concentration profiles are flat at
the particle center point (symmetry condition). Boundary conditions given by Equation (6)
represent the continuity of mass flux at the particle surface, i.e., the convective flux is equal
to the diffusive flux at this boundary.

The model proposed to describe the specific rate of cell growth (Equation (7)) in-
corporates effects well known in alcoholic fermentation using immobilized cells, such as
limitation by substrate and inhibition due to substrate, ethanol, and the biomass itself [14].
The variable saturation term Kysc, was initially proposed by Contois as a first approxi-
mation to describe diffusional limitations present at high cell densities. The term ¢s2/ K|,
derived from Haldane enzyme kinetics by Andrews, accounts for substrate inhibition and
was introduced in the equation of y, due to the high feed substrate concentrations used
in the continuous fermentation tests. The linear cell-concentration inhibitory term was
included because, at high cell concentrations, growth and metabolism conditions are less
favorable due to space and mass-transfer limitations, and cell interaction [14,34]. The
exponential term is one among several empirical expressions available to describe the
ethanol inhibition effect on both cell growth and product formation [14,26,34]. Another
important phenomenon to be considered when modeling immobilized cell systems is cell
death caused by various factors. The overall death rate (r;) is generally described by
first-order kinetics, as given by Equation (8) [14].

HmaxCs cx —KpC
= 1-= PP 7
Hx (KMCX+CS+C%/K1> < C*X> (6 ) ( )

rq = kacx (8)

The specific substrate consumption rate (y;) is given by the Pirt model [35], according to
which the substrate provides simultaneously energy for both cell growth and maintenance:
Hs = g2 4 m ©)
X/S
The specific ethanol production rate (j,) is given by the Luedeking—Piret model,
characterized by its two parameters a and 8, which are, respectively, related to the ethanol
production associated and not associated with cell growth [14,36]:

Y
Hp = (YP/S )]/lX + mYp/S (10)
X/S N——
\W—/ ‘B

o
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The internal and external mass transfer coefficients of the diffusing species (substrate
and product) were estimated according to the following correlations [29,37]:

Ds (dm?/h) = 2.142 x 104~ 0002G (11)
Dp (dm?/h) = 3.513 x 104 ~0-002Cs (12)
kmj = JqusSc;~*3; j =S, P (13)

In Equations (11)—(13):

d
APUsPf  and Sc = 1L
s PfD;

The correlation adopted for J; is based on the general form J; = KRe(1=") in which

J4=1.82Re %! Re =

K and n are adjustable parameters and the value of #n varies from 0.1 to 1.0 [29]. Some
combinations of values reported for these parameters are K = 1.625 for n = 0.49 and K = 5.7
for n =0.22 [29].

2.2.2. Fluid Phase Model

Since the cells are immobilized in the solid phase, the mathematical model of the
fluid phase comprises only the ethanol and substrate mass balances. These balances
are one-dimensional in the z direction and incorporate an axial dispersion model for
the hydrodynamics of the bioreactor and solid-liquid interphase mass transfer. Radial
dispersion was neglected because the ratio of the bioreactor diameter to its length is
very small.

The axial dispersion term was included because the operation of the external gas-
liquid separators causes back-mixing within the packed bed and, thus, the behavior of the
plug flow reactor cannot be assumed. As a consequence, liquid phase transport of substrate
and product through the bioreactor is described by a combination of convection and axial
dispersion mechanisms. Moreover, the axial dispersion term also accounts for the diffusive
flow that occurs superimposed on convective and dispersive flows. Different approaches
are found in the literature for the mathematical formulation of the axial dispersion term,
the most consistent being that presented by Blanch and Clark [38] when they modeled a
chromatographic column, taking into account that, in packed beds, mass balances must
be applied to a fluid phase volume element corresponding to e:dV, where ¢ is the bed
porosity. Thus, the following equations represent the mass balances of substrate and
product (ethanol) in the fluid phase:

e  Mass balance of substrate

aCS - D, 82C5 Uu; E)CS .

at (eLZ) A2 (L) oA (14)
e  Mass balance of product (ethanol)

an o Dz BZCP Uu; an

e (az) e (D)5 (15)

The rates of substrate consumption (r¢) and product formation (7 ) are respectively

re = <1;8)km5(cs_cssup>a: (1_8)17@5)514;7 (16)

€

given by

1—c¢ 1—c¢ .
rp = ka (Cpsu - Cp)ﬂ = YPS 77(75)su (17)
I3 v e d
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In Equations (16) and (17), a is the interfacial area of the particle defined as the ratio
between its surface area (Ap) and its volume (Vp), i.e., a = Ap/Vp. Such equations represent
pseudo steady-state mass balances for substrate and product over the particle, i.e., the rate
of diffusion from/to bulk liquid is equal to the rate of consumption/formation by reaction
within the particle, remembering that, in a differential slice of a packed bed reactor, the
bulk fluid exists only in a fraction ¢ of the volume, while catalyst particles occupy a fraction
(1 — ¢) of this volume [36].

The effectiveness factor (1), a parameter generally ranging from 0 to 1 that indi-
cates how much diffusion resistance controls the rate of substrate consumption within
the particle [39], is defined as the average rate of substrate consumption inside the par-
ticle divided by the rate evaluated in the surface substrate concentration, according to
Equation (18) [40-42]:

Vp 1
[ #sdV [ #s22de
n= VPO :30(? ) (18)
R S/sup
f (rS)supdV
0
The initial conditions in the bioreactor are
t=0: Cp=0,; Cs=1614¢g/L or3125g/L (19)

The boundary conditions are those first stated by Danckwerts, which are known as the
classical Danckwerts boundary conditions for closed—closed vessels, i.e., axial dispersion
does not occur at the pre- and post-reactional imaginary sections [43]:

D, 9Cs(0F D, 9Cp(0F
A=z/L=0: uicsozuiC5(0+)—?57%(/\ );Ozuicp(Oﬂ—;fig(A ) (20)
_ .. 9Cs _ dCp

Equation (20) states that, at the entrance of the reactor, the feed mass flow is par-
titioned in two superimposed contributions: convective and diffusive-dispersive parts.
Equation (21) establishes that dispersion and reaction do not occur from the reactor’s exit,
making the substrate and product downstream concentrations constant.

To estimate the axial dispersion coefficient (D,y), the following equation was used:

(22) = Dax = Fp u;dp (22)

In Equation (22), Fp is a parameter that incorporates the bed porosity (¢), which was
determined to be equal to 5.33.

The above equation is based on the graphic presented by Levenspiel [41], in which
the dimensionless group D,ye/u;dp (dispersion number based on particle diameter) is
approximately constant (=21.6) in a wide range of Reynolds numbers for liquids flowing
with interstitial velocity u; = (ug/¢) in packed beds with particles of diameter dp. Thus,
the determined value of Fp corresponds to 1.6/0.3, with 0.3 being a representative value
for the bed porosity.

2.3. Numerical Methods

The model of the particle (solid phase) and the fluid phase are coupled through the
mass transfer term between the phases when ¢ = 0 or through the effectiveness factor when
t > 0. The bioprocess full model is nonlinear, distributed and represented by a system of
partial differential equations that requires spatial discretization followed by numerical
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integration of the resulting ordinary differential equations to obtain the state variable values
over time (method of lines). The spatial discretization method used was that of orthogonal
collocation, which has often been applied for solving complex problems in (bio)chemical
reactor engineering [44,45]. In this method, orthogonal polynomials are used to build a
solution to the differential equation. There are two types of polynomials that are often
used to solve diffusion—-dispersion—reaction problems in distributed parameter systems:
Jacobi (used for problems with symmetry, such as calculations of intraparticle concentration
profiles) and shifted Legendre polynomials (used for problems without symmetry, such
as calculations of concentration profiles along the reactor) [44]. The Jacobi polynomials
are generically represented by P, (c,6), where ¢ and § are characteristic parameters of the
polynomial, which are also the indices of the weighting function for the orthogonality
conditions, and 7 is the degree or order of the polynomial [45]. Legendre polynomials are a
special case of Jacobi polynomials, as reported by Rice and Do [45]. The roots for the Jacobi
and Legendre polynomials correspond to the coordinates of the collocation points over the
radial (particle) and axial (reactor) domains. It is imperative that the differential equations
be satisfied at the collocation points. Therefore, the solution function and its derivatives
at the collocation points need to be evaluated, thus generating the so-called collocation
matrices [44].

The collocation matrices for the particle were obtained using Jacobi polynomials with
o =1and J = 1/2 and shifted Legendre polynomials were used for the bioreactor with
o =0and 6 = 0. Four internal collocation points were used in both the particle and the
reactor. The values for the state variables at the external points, corresponding to the center
(¢ = 0) and the particle surface (¢ = 1) and the entrance (A = 0) and the exit (A = 1) of the
reactor, were calculated from the boundary conditions, and the values of the solution and
its first derivative at the internal collocation points.

A variable-step fourth-order Runge-Kutta—Gill method was used for the numerical
integration of the ordinary differential equations resulting from the spatial discretization
procedure [44].

For the calculation of the integral involved in determining the effectiveness factor (1),
the Radau quadrature formula was used with the weights obtained for spherical geometry
using Jacobi polynomials, with ¢ = 0 and 6 = 1/2. Table 1 shows the location of the
collocation points in the particle, in the reactor, and the weights of the Radau quadrature.

Table 1. Location of the collocation points in the particle, in the reactor, and weights for the Radau

quadrature.

. . ¢ =1/R, A=z/L w

Collocation Point (Particle) (Reactor) (Weight)
1 - 0.0000000 -
2 0.2957658 0.0694318 0.02509
3 0.5652353 0.3300095 0.07925
4 0.7844835 0.6699905 0.11520
5 0.9340014 0.9305682 0.09562
6 1.0000000 1.0000000 0.01818

All calculations were carried out using the FORCE (FORTRAN Compiler and Editor)
2.0 free distribution software.

2.4. Kinetic and Yield Parameter Estimation

The proposed mathematical model contains nine kinetic and yield parameters that
need to be estimated prior to model verification. The Yp, g coefficient was estimated from a
mass macrobalance of ethanol over the bioreactor. A similar procedure was not applied



Processes 2025, 13, 1122

9of 17

to estimate the Yy, g coefficient because the cells were immobilized in the solid phase and,
consequently, cell concentration data in the fluid phase were not available.

A method to simultaneously optimize the model parameters was not applied due to
the model complexity, which makes this task difficult. However, as a first approximation,
the remaining parameters, except the maintenance coefficient (i), were estimated from
literature data and their values were set respecting the variation boundaries reported for
these parameters, as provided by the references presented in Table Al. To estimate the
maintenance coefficient (), this parameter was varied within a determined range, while
the others were kept constant (univariate method), then selecting the values that provided
the best fits for the mathematical model.

Thus, using the proposed strategies it was possible to assign characteristic values to all
model parameters, which are presented in Table 2. Although they are non-optimized estimates,
they allow a first approximation of model behavior against the experimental data.

Table 2. Parameters and operating conditions adopted for simulation of the bioreactor *.

Kinetic Parameters Physical Parameters Operating Conditions
=044 ¢/(gh
T Ay g% ) L _ [0.0356 dm o (400107 dm?/h
K; =2160g/L P10.0366 dm ~ 1494 x 1073 dm®/h
k., — J 00054 g/(gh) ) )
4= 10.0060 g/ (g-h) L = 1.9 dm(including the headspace) co — 1614 g/L
« _ [0030L/g dr = 0.5 dm So = 13125 g/L
» = 10.036L/g
¢t =80.0g/L _ { 8-;22 cx, =21.0g/L
_ [030g/(g-h) = 11524 g/dm?
"= {0.36 g/ (gh) o &
_ J0022g/¢g =1980.0 g/(dm-h
Yxs = {0.030 g/g & 8/ )

YPSZ{

048¢g/g
040g/g

* in the items where there are two values, the first refers to the operation with low substrate concentration (LC) in
the feed stream and the second refers to the operation with high concentration (HC).

3. Results and Discussion
3.1. Bioprocess Start-Up

Some precautions were taken regarding the initial conditions of the bioprocess, assign-
ing null values in the computational program for the substrate and ethanol accumulation
rates and for the rate of substrate consumption within the particle at the beginning of
the bioprocess. As a result, the effectiveness factor becomes indeterminate at this instant,
because a 0/0 division occurs due to the zero reaction rates inside and at the surface of
the particle. Since the rates of substrate consumption and ethanol production in the fluid
phase are given as a function of the effectiveness factor and the surface reaction rates, it was
necessary to assign a value for # and the initial choice was zero. As such, the rates of sub-
strate consumption and ethanol production in the fluid phase would be zero. Subsequent
considerations indicated that the hypothesis of no substrate consumption in the fluid phase
at the initial instant is unrealistic, because at this instant there is a mass flow from the liquid
phase to the particle surface given by ky,sa (CS — cssup) (1—¢)/¢, being Cs = Csp and
cssup = 0 att =0. Thus, at the initial time, the computational program was instructed to
not calculate the terms of substrate consumption and ethanol formation in the fluid phase

using the effectiveness factor, but rather by using the equations k;,;sa (Cs — CSey p) (1—¢)/e



Processes 2025, 13, 1122

10 of 17

and ki, pa (Cpsup -C p> (1 —¢) /¢, respectively. Once this problem was solved, the question
regarding the value of the effectiveness factor at the initial instant remained, since, at this
instant, 7 = 0/0, a mathematical indetermination. The non-application of the definition of
the effectiveness factor at ¢ = 0 was considered as the best solution for this question, since,
at this instant, the reaction rate is zero both at the surface and inside the particle, making
the value of # undefined.

From this discussion of the beginning of the process, it is clear that this instant is
difficult to model and subject to several propositions.

3.2. Bioreactor Simulation

The simulation of the bioreactor was performed using the parameters and operating
conditions presented in Table 2. A preliminary aspect investigated was the value adopted
for the initial substrate concentration within the particle. Using c¢s; = Cgp as initial
condition, it was verified that the values of the state variables (cx, cs, cp, Cs, Cp) in steady
state were the same as those obtained when using ¢;; = 0 as initial condition. A third
value (cs; = c50/2) was also used, again obtaining the same previous results. This shows
that the system does not present multiple steady states as verified in other fermentation
systems, such as chemostat with substrate inhibition described by the Andrews” model, for
which it is possible for two steady states to exist at the same dilution rate [38].

Initially, the first hour of operation was simulated to investigate the behavior of the
bioprocess in this initial period, obtaining relevant information about its dynamics. Figure 2
shows the behavior of the effectiveness factor at the bioreactor’s entrance during the first
hour of operation.

Effectiveness factor 1

0.50- - - - - Low Concentration (LC)
1 — High Concentration (HC)

0.20 T T 1 T 1 T 1 T I
00 01 02 03 04 05 06 07 08 09 10

time (h)

Figure 2. Effectiveness factor at the entrance of the bioreactor during the first hour of operation in the
transient regime.

The entrance was taken as a reference due to the effectiveness factor in this position
being the lowest among those observed throughout the bioreactor. Low values of the
effectiveness factor are verified in the initial instants of the bioprocess, a result attributed
to the existence of dead zones or of very low substrate concentrations inside the particle,
which causes the average rate of substrate consumption inside the particle to be small when
compared to that on the surface.

After approximately 0.30 h for the fermentation with high substrate concentration in
the feed and 0.60 h for the fermentation with low substrate concentration, the effectiveness
factor reaches values above 0.9. These times are negligible when compared to the transient
regime duration times at each operation (t;¢ = 70 h and tyc = 40h).

In Figure 3, it can be seen that the proposed model describes well the behavior trend
of the substrate and ethanol concentrations in the fluid phase, at the bioreactor’s exit, in the
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transient regime. Cell concentration Cell concentration in the fluid phase was not measured
because the cells were immobilized in the solid phase because the cells are immobilized in
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Figure 3. Substrate and ethanol concentration profiles in the fluid phase at the exit of the bioreactor
in the transient regime: (a) low feed substrate concentration; (b) high feed substrate concentration.

Figure 4 shows the substrate and ethanol concentration profiles in the fluid phase
along the bioreactor at the steady state, in which it can be seen that the model satisfactorily
describes the axial concentration profiles of substrate and ethanol.
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Figure 4. Concentration profiles in the fluid phase along the bioreactor at the steady state: (a) substrate;

(b) product.

The good quality of the adjustments of the proposed model to the experimental data
can be quantitatively confirmed by the high R? values presented in Table 3, above 0.90,
which means that 90% of the total variation around the experimental mean for each data
set considered was explained by the mathematical model.

Figures 5 and 6 show the simulated profiles of cell, substrate and ethanol concen-
trations (cx, cs and cp) within the particle at steady state, at the bioreactor’s inlet and
outlet. These profiles are in agreement with those expected, i.e., the concentration of cells
increases along the particle radius because in this direction the concentration of substrate
also increases, favoring cell growth. Therefore, cell concentration is higher in the vicinity
of the particle surface due to a greater availability of substrate in this region. Otherwise,
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ethanol concentration decreases with increasing radius because ethanol is transported by
diffusion from the interior of the particle to the fluid phase. Furthermore, the environmental
conditions inside the particle in the inlet region of the bioreactor are favorable to cellular
growth for both substrate concentrations used in the feed, whereas the conditions in the
outlet region favor ethanol production.

Table 3. R? values for the adjustments of the proposed model to the experimental data.

Variable R2? Feed Substrate Concentration/Position/State
Cs 0.98 LC/Exit Reactor/Transient State
Csg 0.98 HC/Exit Reactor/Transient State
Cp 0.96 LC/Exit Reactor/Transient State
Cp 0.97 HC /Exit Reactor/Transient State
Cs 0.96 LC/ Axial Position/Steady State
Cs 0.90 HC/ Axial Position/Steady State
Cp 0.96 LC/Axial Position/Steady State
Cp 0.90 HC/ Axial Position/Steady State
120 225 ~473.0 95 732 4176
Bioreactor inlet- LC Bioreactor outlet- LC
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Figure 5. Simulated concentration profiles inside the particle in steady state for low substrate
concentration in the feed: (a) bioreactor’s inlet; (b) bioreactor’s outlet.
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Figure 6. Simulated concentration profiles inside the particle in steady state for high substrate
concentration in the feed: (a) bioreactor’s inlet; (b) bioreactor’s outlet.

Figure 7 shows the behavior of the effectiveness factor along the bioreactor in the
steady state. Effectiveness factors close to 1 are observed for both substrate concentrations
used in the feed stream. It is verified that the operation with high substrate concentration in
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the feed provides effectiveness factors slightly superior to those obtained in the operation
with low concentration, probably because in the operation with high concentration there
is a greater diffusion of substrate of the phase fluid to the interior of the particle, which
results in a higher average reaction rate in the particle, thereby increasing the effectiveness
factor. Moreover, the slight decline in the effectiveness factor from the bioreactor’s inlet
to its outlet is attributed to the progressive increase in the ethanol concentration in this
direction, enhancing its inhibitory effect on the substrate consumption rate within the
particle and thus decreasing its catalytic effectiveness. The high values of the effectiveness
factor calculated in this study are in agreement with those calculated by Hamamci and
Ryu [46], Converti et al. [11], and Ramakrishna et al. [47], when they operated packed bed
bioreactors for ethanol production using immobilized yeasts in different support materials.
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n
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2 —HC
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£ 0.
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Figure 7. Effectiveness factor along the bioreactor in the steady state.

The fact that the effectiveness factor was close to 1 during most of the bioprocess
along the bioreactor suggests that the resistance to mass transfer within the particle is
negligible and that concentration gradients in the particle model can be neglected. From
the experimental viewpoint, this result indicates that there is no need for particle size
reduction since the conversion of substrate to ethanol is not controlled by diffusion within
the particle.

Although the proposed model has provided good adjustments to the experimen-
tal data, better predictions can be achieved by optimizing the model parameters, since
they were not previously optimized, being only initial estimates taken from the literature.
Parameter estimation of complex mathematical models, containing a large number of
parameters (as is the case in this study), can be a difficult task due to the greater compu-
tational effort required. Moreover, nonlinearities and interactions among the parameters
introduce additional difficulties. The classical methods for parameter estimation are based
on minimizing a given objective function, generally the sum of squared residuals, built
up with the parameters to be estimated. There are several classical techniques for mini-
mizing the sum of squared residuals of nonlinear models, including the Steepest Descent
(descending gradient), Gauss-Newton, and Levenberg-Marquartd methods; the last being
widely employed because it incorporates the advantages of the first two methods [42,48,49].
Genetic Algorithms and the Flexible Polyhedron method are heuristic techniques that have
sometimes been preferred to solve nonlinear optimization problems aimed at avoiding
nonlinearity effects, convergence difficulties, and derivative calculations.

4. Conclusions
From the results obtained, the following conclusions can be drawn:

e  The proposed model adequately reproduced the behavior trend of the main biopro-
cess state variables. However, it is possible to improve the model’s predictions by
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optimizing its parameters since they had not been optimized in a preliminary step of
parameter estimation;

e  To reduce the computational effort required to estimate the parameters, the current
mathematical model needs to be simplified by developing a simpler, more conservative
model that incorporates the essential behavior of the bioprocess;

e  Since the effects of intraparticle mass transfer are negligible, a convenient strategy,
simplifying the mathematical model, would be to neglect the concentration gradients
within the particle;

e  Another strategy would be to replace the axial dispersion model with the tanks in
series model to describe the bioreactor’s hydrodynamic behavior. These two combined
strategies would reduce the current set of partial differential equations to a set of
ordinary differential equations, significantly simplifying the mathematical model;

e The application of such reduction strategies represents the main potential for advance-
ment of this study aimed at accurately estimating the model’s parameters.
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Nomenclature

a Area per unit volume of the particle (dm~')

Ap Surface area of the particle (dm?)

cx Concentration of cells within the particle (g/L)

Cs Concentration of substrate within the particle (g/L)

cp Concentration of product (ethanol) inside the particle (g/L)
Cssup Concentration of substrate on the particle surface (g/L)
Psup Concentration of product on the particle surface (g/L)

cx Maximum concentration of cells within the particle (g/L)
Cx Concentration of cells in the fluid phase (g/L)

Cs Concentration of substrate in the fluid phase (g/L)

Cp Concentration of product in the fluid phase (g/L)

Cso Substrate concentration in the feed stream (g/L)

dr Bioreactor diameter (dm)

dp Particle diameter (dm)

D, Coefficient of axial dispersion (dm?/h)

Dg Diffusion coefficient of the substrate (dm? /h)

Dp Diffusion coefficient of the product (dm?2/h)

Dgy Coefficient of axial dispersion based on the bed porosity (dm? /h)
Fp Parameter defined in Equation (22) (-)

IF Chilton-Colburn factor for mass transfer (-)

K i Coefficient of mass transfer of component j (dm/h)
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Kins Coefficient of mass transfer of substrate (dm/h)

Kmp Coefficient of mass transfer of product (dm/h)

k4 Specific rate of cell death (g/g-h)

Ky Inhibition parameter for substrate according to Andrews’ model (g/L)

Ky Substrate saturation constant (g/L)

Kp Inhibition parameter for product (g/L)

L bioreactor length (dm)

m Specific rate of substrate consumption for cell maintenance (g/g-h)

Q Feed volumetric flow rate (dm?3/h)

r Radial coordinate in the particle (dm)

14 Rate of cell death (g/L-h)

rp Rate of product formation (g/L-h)

s Substrate consumption rate per unit particle volume (g/L-h)

(7s) sup Value of 75 on the particle surface (g/L-h)

rs Substrate consumption rate per unit volume of fluid (g/L-h)

Rp Particle radius (dm)

Re Reynolds number (-)

Sc Schmidt number (-)

t Time (h)

tac Duration time of the transient regime for fermentation with high substrate
concentration in the feed stream (h)

trc Duration time of the transient regime for fermentation with low substrate
concentration in the feed stream (h)

Ug Superficial velocity of the fluid (dm/h)

U; Interstitial velocity of the fluid (dm/h)

Vp Particle volume (dm?)

Yx/s Apparent yield coefficient for substrate-to-cell conversion (g/g)

Yp/s Apparent yield coefficient for substrate-to-product conversion (g/g)

z Axial coordinate in the bioreactor (dm)

o Parameter related to the product formation associated with cell growth (g/g)

B Parameter related to product formation not associated with cell growth (g/g-h)

0,0 Characteristic parameters of Jacobi polynomials (-)

€ bed porosity (-)

A Dimensionless axial coordinate in the bioreactor (-)

Mmax Maximum specific rate of cell growth (g/g-h)

Ux Specific rate of cell growth (g/g-h)

Us Specific rate of substrate consumption (g/g-h)

Up Specific rate of product formation (g/g-h)

Hr Absolute viscosity of the fluid (g/dm-h)

N Effectiveness factor of the catalytic particles (-)

¢ Dimensionless radial coordinate in the particle (-)

Pf Fluid density (g/ dm?)

Appendix A

Table A1. References used for kinetic parameter estimation.

Parameters Reference
Wmax [30]
Ky [14]
K; [46]
kg [14]
Kp [14]
ck [34]
Yx/s [50]

m [51]
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